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ABSTRACT

Dual fluidized bed systems are increasingly used or investigated for energy conversion technologies such
as steam gasification, sorption-enhanced reforming, and chemical looping combustion. Intensive gas—
solids contact is required for these processes. Pilot plant tests have been conducted to determine the effect
of fluidization regime on gas phase conversion. Based on a previous design proposal comprising two
interconnected circulating fluidized bed (CFB) reactors, the addition of flow obstacles is proposed and
investigated to significantly increase gas—solids contact. The solids are entrained from one CFB (primary
reactor) and directed via a fluidized loop seal to the upper section of the other CFB (secondary reactor).
The secondary reactor features circulation of solids within itself and the solids move back to the primary
reactor through a fluidized loop seal connecting the bottom of the two reactors. The secondary reactor is
divided into zones with improved gas—solid interaction using flow obstacles at defined height intervals. If
the fluidizing velocity in the secondary CFB is low enough to avoid high solids entrainment at the top, the
bulk of solids will exhibit a net downward movement. Solid fuel can be fed into the lower part up to the
middle of the secondary CFB. Due to the dispersed downward movement of the solids, no volatiles are
produced in the upper part and the problems of insufficient gas phase conversion are avoided. Further, the
proposed design implies conditions where size classification effects take place, which potentially allows
selective ash removal. Three different cold flow models have been equipped with flow obstacles and the
first results show the fluid dynamic feasibility of the proposed concept.
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INTRODUCTION

Dual fluidized bed (DFB) systems are the key to a number of emerging energy conversion technologies
like steam gasification of biomass and coal, selective CO, absorption from exhaust gas streams or out of
synthesis gas production units, and chemical looping combustion/reforming (CLC/CLR) with selective
transport of oxygen by the bed material. The general idea of DFBs is to expose two different gas streams
to a circulating stream of solids, transporting heat and chemical compounds in a selective way [1, 2].
Since solids are not only used for heat transfer but also chemically interact with the gas phase, intensive
contact of gases and solids as bed material is essential in many processes. In biomass gasification
processes the catalytic activity of bed material is required to enhance tar destruction [3—6]. In chemical
looping combustion essentially no reaction is possible without the presence of solids [7, 8].

The classical design of DFB systems integrates a bubbling fluidized bed (BFB) reactor into the solids
return loop of a circulating fluidized bed (CFB) system (Fig. 1). This design has already been successfully
applied to biomass steam gasification [5] and chemical looping combustion [9]. Grace [10] has already
identified that the limited gas—solids interaction of bubbling fluidized beds can be overcome when
switching to a turbulent or a fast fluidization regime. In such highly expanded fluidized beds, typically a
core-annulus-type flow structure develops. This means that the cross section is divided into a particle-lean
core moving rapidly upwards and a particle-rich annulus with either upward or downward movement of
solids, depending on the superficial gas velocity.



Based on these expectations, a dual fluidized bed
system consisting of two interconnected CFB
reactors was proposed (Fig. 2), where solids are
entrained from one CFB and directed via a
fluidized upper loop seal to the second CFB
reactor. The second CFB features circulation of
solids inside itself (internal loop seal) and the
solids move back to the first CFB through a
fluidized lower loop seal connecting the bottoms
of both reactors. The advantage of this
configuration is that the global solids circulation
is independent of the fluidization condition in the
second CFB reactor, which can be designed to
optimize conversion. Successful pilot plant
operation of such a dual circulating fluidized bed
(DCFB) system has been demonstrated, as
recently reported [11].
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Fig. 2: Dual circulating fluidized bed (DCFB)
system (120 kW pilot unit as example)
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Fig. 1: Classical DFB configuration (100 kW gasifier
pilot plant as example)

It was shown by Bu and Zhu [12] that wedged ring-
type flow obstacles along the riser height can be
used to repeatedly disturb the core-annulus structure,
thus increasing the solids hold-up. It can be expected
that this will lead to a more intensive gas—solids
contact and increased performance of gas—solid
reactions. As the riser of Bu and Zhu works in the
operation of effectively transporting solids, the
velocities are high. Attrition of bed material and
abrasion effects are most likely at critical levels [13].
Therefore the aim of the present work is to
investigate the effect of flow obstacles in
combination with a DCFB arrangement according to
Fig. 2. In a first stage, experiments without internals
are conducted at two technical scale pilot units to
assess the influence of the fluidization regime on gas
phase hydrocarbon conversion. Then, the fluid
dynamic effects of flow obstacles generally in a CFB
and in the secondary reactor of a DCFB system are
investigated using scaled cold flow models.



THEORETICAL BACKGROUND

An overview of possible fluidization regimes is illustrated in Fig. 3. It is obvious from the solids
distribution profiles shown that the practically particle-free freeboard region of BFBs is of little use when
gas—solids contact is necessary for gas phase conversion. Solids act either as a catalyst for gas phase
reactions (e.g. tar destruction in gasifiers) or directly as a reactant (CO, sorption-enhanced reforming and
chemical looping combustion). This is important since volatile compounds from solid fuels are also
formed close to the bed surface of BFBs and would then have insufficient gas—solid contact time to be
converted. Especially product gas generated from inhomogeneous alternative feedstock contains more
pollutants like char and dust than gas from uniformly sized wood chips [14]. If a turbulent or moderately
fast fluidization regime is chosen instead, bed material is present throughout the whole reactor volume,
which is expected to significantly enhance gas phase conversion. This will result in reduced reactor
volumes and hence in lower capital expenditures for such facilities. With respect to CLC/CLR technology
development, there are generally two main problems: the selection, design, and production of suitable
oxygen carrier materials on the one hand and the design of suitable reactor configurations on the other
hand. Highly reactive oxygen carriers are expensive, harmful, or too soft for applications in large-scale
fluidized systems. Cheap and hard iron-based oxygen carriers like ilmenite do not have those high carrier
properties [15]. Excellent interaction with the bed material is required to compensate for lower reactivity.
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Fig. 3: Typical distribution of solids in various fluidization regimes (merged figure from [16—18])

EXPERIMENTAL

Pilot plant investigation

In order to assess the influence of gas—solids contact in different fluidization regimes, specific tests were
conducted at two existing pilot plants. Therefore conversion rates of gas phase hydrocarbons were
analyzed. Firstly, the particle size of bed material (natural olivine) was varied in the 100 kW DFB gasifier
pilot unit (Fig. 1; for a detailed description of the system and bed material see Pfeifer et al. [19] and
Hofbauer et al. [20]). The pilot unit was operated with wood pellets as fuel and the tar concentration in
the product gas was measured for the investigated operating points. The aim of these runs is to assess the
degree of decomposition of higher hydrocarbon compounds (tar) which typically occur in gasification.
The high molecular weight (heavy) tar compounds are quantified as the mass of tars left after vacuum
evaporation of the solvent (toluene). This is referred to as “gravimetric” tars. The medium molecular
weight tar compounds such as naphthalene are better represented by the fraction detected by gas
chromatography coupled to mass spectrometry (GC-MS). The tar sampling and analysis procedure is
described in detail elsewhere [21]. The main fluid dynamic parameters operated during the test runs are
summarized in Table 1. The superficial gas velocity (U) refers to the total product gas stream at the top of
the reactor.



Table 1: Operating conditions at 100 kW DFB gasification plant (gasification reactor)

Standard bed Reduced particle
material size

Bed material Natural olivine Natural olivine
Size distribution, um 400-600 200-300
Minimum fluidization velocity Uy, m/s 0.08-0.18 0.02-0.05
Terminal velocity Uy, m/s 3.9-6.7 1.3-2.5
Feedstock/fuel Soft wood pellets Soft wood pellets
Steam to fuel ratio, kguro/kZsuel.dry 0.8-0.9 0.5-1.0
Thermal power, feed gasifier, kW 81-99 7374
Temperature in gasifier, °C 830-850 850-851
Superficial gas velocity U, m/s 0.59-0.65 0.36-0.46
Fluidization ratio U/U; 0.09-0.17 0.14-0.35
Fluidization ratio U/U¢ 3.3-8.1 7.2-23

The influence of fluidization velocity on hydrocarbon conversion was investigated in the 120 kW DCFB
pilot unit (Fig. 2; for a detailed description see Proll et al. [22] and Kolbitsch et al. [23]). Different flow
rates of synthetic syngas input to the fuel reactor (55.2 vol% H,, 36.3 vol% CO,, and 8.5 vol% CH,) were
used at constant global air/fuel ratios and operating temperature. At additional operating points
1-methylnaphthalene was added as a model tar substance to the fuel reactor feed, and the residual tar
concentration was monitored in the fuel reactor exhaust stream. The loop seals were fluidized with
nitrogen instead of steam in order to avoid any influence of the loop seal fluidization agent on
hydrocarbon conversion. The main operating data for this second pilot plant investigation are reported in
Table 2.

Table 2: Operating conditions of 120 kW DCFRB pilot plant (fuel reactor)

Syngas only Syngas + model tar
Bed material Natural olivine Natural olivine
Size distribution, pm 100-200 100-200
Minimum fluidization velocity U, m/s 0.005-0.02 0.005-0.02
Terminal velocity U, m/s 0.36-1.28 0.36-1.28
Tar load on feed gas, g/Nm’ — 4.8-6.3
Thermal power, input fuel reactor, kW 24-61 48-61
Temperature in fuel reactor, °C 878-895 890-893
Superficial gas velocity U, m/s 0.9-1.8 1.4-1.8
Fluidization ratio U/U; 0.7-5.0 1.1-5.0
Fluidization ratio U/U¢ 45-360 70-360

Cold flow model investigation

Three different cold flow models (CFMs) were equipped with flow obstacles and studied at varying
fluidization conditions. The bulk geometry of the three CFMs is sketched in Fig. 4. The first CFM was
used to study the qualitative flow pattern with a quadratic cross section and the obstacles represent a
restriction from two sides only (Fig. 4a). Using this geometry, the shape of particle movement is visible
on the front side. The second CFM sketched in Fig. 4b was used to characterize the qualitative flow



structure of a riser with a cylindrical cross section and ring type flow obstacles. It actually shows a semi-
cylindrical cross section and the flow pattern can be visually observed at the vertical cutting face. The
third cold flow model sketched in Fig. 4c is the scaled CFM of the 120 kW DCFB pilot unit [24], where
three wedged ring type internals were used as flow obstacles. In this unit a dispersed countercurrent flow
pattern of solids was realized in combination with the DCFB system.

All CFMs were operated with ambient air. The particles were coated polystyrene spheres in a size range
of 3—5 mm for the first (rectangular) CFM and two distinct batches of bronze powder with Sauter mean
diameters of 50 um and 73 pm, respectively, in the case of the other two CFMs. The use of bronze
powder and ambient air fulfills the scaling criteria [25] to simulate fluid dynamics of olivine particles in a
hot flue gas environment of about 800 to 900 °C. Different fluidization velocities were investigated in the
CFMs, and in the case of the third CFM the pressure distribution along the riser height was recorded. In
the third CFM (Fig. 4c) the fluidization conditions and total bed inventory in the left CFB (air reactor)
without flow obstacles are kept constant. Thus, the global solids circulation rate is approximately constant
too. The fluidization rate of the right CFB (countercurrent fuel reactor) featuring the flow obstacles is
varied in order to investigate the effect of gas velocity on solids distribution.
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Fig. 4: Cold flow models used for the characterization of obstacle effects

EXPERIMENTAL RESULTS

100 kW dual fluidized bed (DFB) gasifier unit

The main results from the comparative runs with different particle size ranges in the 100 kW DFB
gasification pilot unit (Fig. 1) are shown in Fig. 5. It is evident that the amount of tars detectable by gas—
chromatography coupled to mass spectroscopy (GC-MS) is significantly reduced for the smaller particle
size of bed material. It is important to notice that the olivine bed material originates from the same source,
independently of size range. Thus, the improvement of tar decomposition can be attributed to the larger
surface area of the weakly catalytic bed material and potentially also to the larger amount of solids
elutriated into the freeboard in the case of operation with small sized bed material.
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Fig. 5: Tar content in the product gas of the 100 kW DFB gasifier with two different batches of bed material

120 kW dual circulating fluidized bed (DCFB) pilot unit with synthetic syngas

In order to quantify the influence of fluidization regime on hydrocarbon conversion more reliably,
experiments were carried out at the 120 kW DCFB pilot plant. The fuel reactor was fluidized with
synthetic syngas and evaporated 1-methylnaphthalene was added as the model substance for tar. The main
results in terms of the CH,4 and tar conversion specific to gas phase residence time in the fuel reactor are
shown in Fig. 6. A clear tendency to higher conversion performance was found for higher fluidization
velocities resulting from higher gaseous fuel inputs.
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Fig. 6: Specific hydrocarbon conversions in the DCFB pilot plant: CH, conversion (left) and conversion of total
amount of tar (right), model tar substance: 1-methylnaphthalene

Rectangular cross-section cold flow model for qualitative assessment

The visually observed flow pattern of the first cold flow model is shown for increasing fluidization
velocities in Fig. 7. At least within a certain range of velocities, a dense zone of particles develops above
each flow restriction. This means there is a higher solids density in upper regions of the riser compared to
the case where no flow restrictions occur. The curve lines of pressure drop, gradient, and solids fraction in
Fig. 7 and Fig. 8 are a qualitative proposition for comprehension of fluid dynamics without designations
of precise values and can be compared with the typical solids fraction in Fig. 3 and the findings of Bu and
Zhu [12].



increasing velocity

high solids
entrainment

very high solids
i+ entrainment
ooy

no solids no solids low solids

( entrainment ( entrainment (. entrainment

C

\
§

\

solids fraction

solids fraction solids fraction solids fraction solids fraction

Fig. 7: Flow conditions and solids fraction in the fuel reactor with zones of improved gas—solid interaction

A closer look at the pressure and solids distribution is shown in Fig. 8, where the idea of solids input and
output is also implemented. It is important to notice that, while the highest pressure drop occurs directly
at the flow restriction, the particle concentration is highest just above the flow restrictions. The deviation
of pressure gradient and solids density can be explained by the obvious particle acceleration effects in the
obstacle region. This effect was also observed by Bu and Zhu [12] and can be attributed to particle
acceleration phenomena in the obstacle region. The particles take up kinetic energy in the obstacle region,
which results in an increased pressure drop. In the low gas velocity sections between the obstacles,
particles fall back mainly along the wall.
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Half-section cold flow model
for qualitative assessment
Different particle sizes of

restricted cross section is 36% of free cross section
bronze/air 20°C, H/D=3.5, mean particle size=73um

bronze powder have been used
in the second CFM. Figure 9
shows the fluidized bed regime
map as proposed by Grace et al.
[18], with the operating points
marked referring to the free
cross section (D) and to the
restricted cross section (Dg).
The increased solids density is
clearly visible in the low
velocity areas, whereas gas
velocity is high in the reduced
cross section. So the flow
conditions are oscillating along
the reactor height between fast
fluidization (in the restricted
cross section) and the upper end
of the bubbling fluidization (in
the free cross section), which
indicates a  turbulent-type
regime between the obstacles.
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The movement of particles is illustrated in Fig. 10. Above
each flow obstacle, a mushroom-shaped dense solids phase is
observed which is carried by the gas jet out of the obstacle
region. The solids flow back adjacent to the reactor wall and
are directed along the obstacle into the fast gas jet passing
through the restricted cross section. A rotating torus-shaped
dense phase is created right above the obstacle. High gas—
solids interaction can be expected in this area. It is also
possible to visually observe that the particles are accelerated
when moving into the gas jet and fall freely back along the
reactor wall. This supports the pressure and solids density
deviation illustrated by Fig. 8.

Scaled cold flow model of the DCFB pilot plant

The results for the combination of a DCFB arrangement and
flow obstacles are illustrated together with a sketch of the
cold flow model in Fig. 11. For the lowest fuel reactor
fluidization rate of 3.4 Nm®/h (U = 0.44 m/s with air at 20 °C)
the 50 um bronze particles are concentrated in the lower part
of the fuel reactor. At the medium fluidization rate of
5.0 Nm’/h (U = 0.65 m/s) more solids are present in the upper
part and slight solids entrainment is achieved from the fuel
reactor. The runs of pressure drop and gradient in Fig. 11 can
be compared to Fig. 8. It is important to notice that the
highest pressure drop occurs across the obstacles although the
solids concentration is visually lower in these areas. At the
highest fluidization rate of 6.5 Nm®/h (U = 0.85 m/s), the gas
flow is strong enough to prevent particles from moving
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Fig. 10: Particle movement above
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downward through the obstacle regions with a restricted cross section of 25% of the free cross section.
Significant solids entrainment is observed from the fuel reactor. The maximum load of the countercurrent
column is reached. This effect is similar to flooding in gas—liquid countercurrent flows. For gas—solids
fluidized beds a detailed observation of these phenomena was done by Bi et al. [26]. An examination of
the pressure gradients in the locations of the ring type internals is a good opportunity to detect the region
of high solids densities. At the fluidization rate of 6.5 Nm®/h the highest pressure gradient curve peaks are
close to the reactor top. The bed material is accumulated in the uppermost zone. Nearly constant peaks of
pressure gradients over the internals would be an indicator of uniformly distributed solids fractions over
the whole height of the fuel reactor. This could represent a desirable operating mode.
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DISCUSSION AND DESIGN PROPOSAL

In the experiments performed at the pilot plants it was reflected that an increase in fluidization velocity,
and hence an approach of a turbulent fluidization regime, increases the effectiveness of gas—solids
reactions. The cold flow model investigations where fluidized bed reactors were divided into zones by
flow obstacles confirmed the observation of Bu and Zhu [12] that the solids density increased. The
combination of the dual circulating fluidized bed (DCFB) concept (Fig. 2) with such flow obstacles leads
to a completely new functionality for CFB-type reactors. For a certain range of gas velocities it is possible
to obtain a countercurrent flow pattern in one of the two fluidized bed reactors. The behavior of the solids
loading with varying gas flow rates in the countercurrent reactor shows a similarity to randomly packed
gas—liquid columns with a flooding point reached at certain gas flow rates. The fluid dynamics in the
reactor are equivalent to a column of a multi-stage cascade of stirred vessels. The system can also be
described as a plug flow reactor for gas and a column of stirred vessels for solids with the special
characteristic that the gaseous phase and the solids move in countercurrent. Additionally it can be
expected that fine particles are concentrated in the small solids stream entrained from the fuel reactor with
turbulent zones. Thus selective ash separation from the internal solids return loop of the fuel reactor is
possible. The investigated arrangement promises increased gas—solid contact and the countercurrent effect
can be the key to making certain processes significantly more effective. One very interesting example of
such a process is chemical looping combustion of solid fuels, as recently communicated [27]. Based on
the experimental indications, a new system configuration can be proposed.
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Two promising design options are shown in Fig. 12. The solid feedstock is fed in at the lower part
(feedstock input no. 2) up to the middle (feedstock input no. 1) of the fuel or gasification reactor. Solid
feedstock with a high content of volatile compounds like wood can be fed in close to the bottom of the
fuel reactor. Coarse feedstock with a low content of volatile compounds like coal can be fed in at higher
regions. Optimal residence time distributions are possible depending on the location of feedstock input.
Small sized solid feedstock like coal powder or sawdust can be used because there is an input near the
base of the fuel reactor. Most of this fine feedstock will be carried up with the gas stream. The fine sized
fuel particles will be converted in the multistage zones with a high density of bed material. The design
guarantees a long residence time for the gaseous phase with volatiles and also for solids like bed material
and feedstock. An improved conversion of volatiles and residual char is expected. Several locations of
feedstock inputs can also optimize the reaction conditions for a combined utilization of biomass and coal.

To be able to work with additives like limestone powder or other active substances, the novel reactor
system can be extended with a multistage separator system. Dolomite or limestone has a beneficial
influence on conversion reactions in dual fluidized bed gasification systems [6, 28]. Special arrangements
of separator installations like that in Fig. 13b allow separate returning solids streams. Fine and light
particles will tend to segregate at the top of the staged reactor while coarse and heavy particles will move
to the bottom. A combination of hard coarse particles for heat transport and softer fines to enhance
heterogeneous chemical reactions is possible. The additional solids recycling possibilities are important
options for chemical looping combustion or gasification with selective CO, absorption.
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Fig. 13: Gas—solid separator arrangement and possible return paths of solids

CONCLUSION
A novel fluidized system with two interconnected reactor units with circulating solids is presented. The
global solids loop starts in the primary reactor (air reactor) where solids are entrained; they are then
separated from the gas and sent to the secondary reactor (fuel reactor) via a fluidized loop seal. From the
fuel reactor, the solids flow back into the air reactor via a second loop seal connecting the bottom regions
of the two reactors. The solids entrained and separated from the fuel reactor exhaust gas stream are
directed back into the fuel reactor.



Pilot scale experiments show that hydrocarbon conversion performance improves with increasing
fluidization velocity, probably due to improved gas—solids contact in the turbulent fluidization regime
compared to a bubbling regime. Further improvement of gas—solids contact can be achieved by
modification of the geometry of the secondary fluidized bed. The reactor is then practically divided into a
sequence of sections by necks built out of, for example, refractory. Solids density is high in each section
between these necks. It is possible to feed the solids coming from the primary reactor close to the top of
the moderately fluidized secondary reactor. Since the solids leave the secondary reactor at the bottom, this
allows a countercurrent flow regime of gas and solids in the secondary CFB. The fluid dynamics are
equivalent to a column of a multistage cascade of stirred vessels. In addition to that the gas phase and the
solids have contrary (countercurrent) movements in this part of the system. Increased gas—solid contact
can be expected in the turbulent regime. Examining the aspirated turbulent flow conditions in the fuel
reactor and the way in which the two circulating fluidized bed reactors are connected (loop seals), the
innovation of the novel design is conspicuous.

The observation of flow characteristics with different bed materials and fluidization behaviors with
various geometrical conditions will be done in a new cold flow model. It will be the scope of future
research to develop concepts for reliable scale-up. The cold flow model will correspond to a pilot plant
with 100 to 200 kW of feedstock input, which is currently in the phase of planning with careful attention
to scaling relationships for fluidized beds. Important results on the ability to feed different solid fuels,
possible operation modes, and abrasion effects will be worked out. Due to the lower gas velocities in
turbulent fluidization, the erosion of installations of the plant seems manageable. Based on the cold flow
model results it is shown that the improvement is significant and the pressure drop increase is acceptable,
especially because the highest pressure drops are in the fuel reactor with steam fluidization. The
countercurrent effect can improve conversions in gasification systems and is considered a key feature
when solid fuels are to be used directly in chemical looping combustion. The most important conclusion
is that the type of internal proposed represents a rather simple geometrical change and thus promises good
applicability to refractory-lined units at industrial scale.
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